is a small difference in the bend. Again, the differ-
ence between the advancing front theory and the Graetz
and Levéque solutions (which is applicable to Q = 0)
is small. As a consequence, the Graetz-Lévéque solution
on this type of plot can also be used for reactive problems
(Q > 0) with an expected difference with the advancing
front theory of 11 to 15% maximum.

NOTATION

Q
i

concentration of oxygen (A) in the fluid, moles/
cm?

C; = initial value of C, moles/cm?

C, = valueof Catx = 0and x = 2d, moles/cm3

Cp = cup mixing concentration of oxygen (A), de-
fined by Equation (13), moles /cm3

cr = total concentration of B in all forms in the fluid,
moles/cm®

2d = film thickness, cm

D, = diffusion coefficient of oxygen (A) in the fluid,
cm?2/s

Dyp = diffusion coefficient of hemoglobin (B) in the
fluid, cm?2/s

k. = local mass transfer coefficient, defined by Equa-
tion (15), cm/s

v, = velocity of fluid in the z direction, cm/s

vyy = average velocity of blood in the z direction,

1 f d

=7 v.°dx, cm/s

x = distance in the transverse direction, cm

z = distance in the direction of flow, cm

z® = Graetz number

¢ = thickness of the saturated layer, cm

Dimensionless Quantities

c* Cc/C,
CT° 4CT/C0

I

¥

Dyy'cr®/D,
enhancement factor, defined by Equation (20)
dimensionless thickness of saturated layer, p =
£/d
reaction strength parameter, defined by Equation
(11)
fractional saturation of total B in AB form
initial value of S
mixing cup S
local Sherwood Number, defined by Equation
(16)
02/ Uay
x/d

zD,

Va2

[shwn O T My
o

v
&
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&
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Transient and Steady State Characteristics of a Gaseous Reactant

in Catalytic Fluidized-Bed Reactors |

Many models have been proposed for describing the
performance of a fluidized-bed reactor. These include
two-phase models (Kato and Wen, 1969; Fryer and Pot-
ter, 1972a) and three-phase models (Kunii and Leven-
spiel, 1968; Fryer and Potter, 1972b). More often than

Detailed information regarding numerical values for simulation can
be obtained from the authors.

0001-1541-80-2603-0138-300.75. © The American Institute of Chem-
ical Engineers, 1980,
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not, a simplified flow pattern of plug flow or complete
mixing is assumed in representing the fluid flow behavior
in one or more of the phases in these models. Further-
more, little has been done in understanding the transient
aspect of these models.

Gwyn et al. (1970) considered the transient behavior
of the upward and downward flow of gas reactants and
solid catalyst in the emulsion phase of the fluidized bed.
They assumed that the flow pattern in all phases is plug
flow type, the chemical reaction is linear, and physical
properties are constant along the bed. Fan and Fan
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(1978) considered the axial dispersion in the three phases
for the nonlinear catalytic reactions in a fluidized bed.
The physical properties along the axial coordinate are in-
variant. Transient characteristics of the gas reactant and
the length of the transient period have been examined
based on the model.

This note is a sequel to the earlier work by Fan and
Fan (1978). The variation of various physical properties
along the axial coordinate is considered in the model.
The effects of the axial dispersion and rate of chemical
reaction on the transient characteristics are analyzed and

graphically presented,

MODEL

Suppose that the bubbles, cloud wakes, and emulsion
are homogeneously distributed statistically in a fluidized
bed, and that each of the three phases, namely, the bub-
ble, cloud wake; and emulsion phases, can be represented
by the so-called axial dispersion model. Then we can
write equations, in dimensionless form, as

UO a—Ci l 3] Ei aEi
€ig \ — ——-> = —| Si€ig\ — ) ——
Uio a6 SiPEi ag Eio af

1 9 —— . o ( 5 )
— 8—- ‘a‘g [SieigCiUi] - Fi(i+1)(ci [— Ci+1)

— — — (31 ( U(i—no)
+ Fa-1i(Ci-1 — Cy) 5 Un

— T ( Zo) (1)

where
i = 1 for the bubble phase
i = 2 for the cloud phase
i = 3 for the emulsion phase
The initial condition is given as
_ G
Co

and the boundary conditions are those of the Danckwerts
type (Danckwerts, 1933); that is

=0, C; (2)

1 G
E=0;, 1=C;—— ——
P. €; 6‘5
~ (3)
aC;
£¢=1; T 0

As presented below, many of the parameters in the
model are expressed in SI units in terms of a relatively
small number of fundamental parameters that charac-
terize either the bubbling phenomenon or the mass con-
servation

1. Superficial velocity of the gas in the bubble phase
Uy (Toomey and Johnstone, 1952):

Ui = Uo - Umf (4)
2. Bubble diameter D; (Mori and Wen, 1975):
Dl = DIM —_ (DlM —_ DIO) exp (—‘ 0.3 x/Dc) (561)

The initial bubble diameter Do, formed at the surface of
the perforated plate, is

D10 = 0871 [At (UQ - Umf) /Nd]0'4 (Sb)
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The value of Dy, for the porous plate distributor can
be evaluated from

Dyp = 0.376 (Up — Upmy)? (5¢)

The maximum bubble size Djy can be expressed, in SI
units, as

D1M = 164 [At(Uo - Umf)]0'4 (Sd)

When the maximum bubble diameter calculated by Equa-
tion (5d) exceeds the bed diameter, the former is sub-
stituted by the latter.

3. Rising velocity of bubbles U; (Davidson and Har-
rison, 1963):

U1 = Uo il Um,j + 0.71 (ng)O.S (6)
4. Fraction of the bubble phase 8;:
Uls
= 7
PTU( = e @

The fraction of solid particles in the bubble phase has
been reported to range from 0.001 to 0.01 (Yoshida et al.,
1973).

5. Fraction of the cloud wake phase 8; (Murray, 1965;
Horio and Wen, 1977):

Uy )
8 = (-—————— 8 8
TN e U — U /T ®
6. Fraction of the emulsion phase 8;:

83:1'—81'—82 (9)

7. Superficial velocity of the gas in the cloud phase
U25:

82 €29

Ugs = Uls ( 10)

81 €1g

8. Superficial velocity Us, and linear velocity Us of the
gas in the emulsion phase:

U, = Umf — Ups (110)
and
Uss
Us = —on (11b)
83 €3g

Note that when the wake volume is small, the effect of
solid circulation can be neglected. Thus, the relative ve-
locity of the gas to the solid in the emulsion phase may
directly be represented by Equation (11b). From Equa-
tions (10), (1la), and (11b), Uz can be expressed as

_ Umf [ €lg(€ml U, ~ Um,) — Uy €29 ]

Us
e1ig{ems Uy — Unyg) — Uss ems

639

(11c)

If ey, is equal to the void fraction at the minimum fluidi-
zation state epys, the following relationship holds:

oy

€3g
9. Height of bed expansion H:
H = H, l—¢
1o L s+ eaghe + ergdad
HJo (e1g81 + €298z + €3403) dx
(12)

10. Peclet number. Examination of the available data
for the axial dispersion of gases in the emulsion phase
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(Muchi et al, 1961; Zuiderweg, 1967) indicates that
the axial dispersion coefficient is approximately linearly
proportional to the superficial velocity over wide ranges
of the operating conditions. If we extend this relation-
ship to the axial dispersion in the bubble phase and to
that in the cloud wake phase, the value of Pe;, defined
as UgH/Ey, for the three phases can be considered con-
stant. Pe; can be related to Pej by

Pei = Peioﬁ (13)

It is further assumed that E; is equal to Ejo.
11. Gas exchange coefficients (Kunii and Levenspiel,
1968):

Um 0.25D 0.5
Fm:45(—i)+a%(§—-c ) (14a)

Dl D11.25

emiDaUy )0'5

Fos = 6.78 (
23 D13

(14b)

Note that Fg; = 0 and F3q = 0.
The gas concentration average over the cross-sectional

area of the bed Cyg is
Cave = C181 + C28y + Cabs (15a)

The volumetric average gas concentration at the exit of
the bed Cj; can be expressed by

Cu=C - + C = + * b
=Cy —— C
H 1 Us 2 U 3 (15b)

The overall conversion of the gas reactant is defined as
X=1-Cxg (18)

METHOD OF SOLUTION

The nonlinear partial differential equations resulting
from the volume reaction model were solved using soft-
ware developed by Sinovec and Madsen (1975). This
software package uses second-order finite-difference form-
ulas to discretize the spatial variable. The resulting set
of time dependent ordinary differential equations are
solved with an integrator of the type developed by Gear
(1971). The relative error bound for the time integration
process employed in the present calculation was 10-4.
The number of spatial meshes specified for this calcula-
tion was 51 (or h = 0.02), The use of mesh spacing less
than 0.02 yielded essentially identical results.

RESULTS AND DISCUSSION

Equation (1) is numerically solved subject to the
initial conditions, Equation (2), and the boundary con-
ditions, Equation (3), according to the method pre-
sented previously.

As indicated by Equation (12), the height of a fluidized
bed is an implicit function of (e;8;) which varies along
the bed axis. Therefore, to calculate the height of the
fluidized bed, a trial and error procedure is required.

Effects of gas mixing in the emulsion phase for a
fast reaction. Figure la shows the transient gas reactant
concentration in each phase and the cross-sectional aver-
age and volumetric average concentrations at the exit
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of the reactor for kCy as large as 15 s~1. Figure 1b shows
the steady state profiles of the gas reactant concentration
in each phase and the cross-sectional average and volu-
metric average concentration in the reactor for kCp of
15 s~1, It can be seen from Figure la that the gas re-
actant concentration in the emulsion phase for a small
Peyp is greater than that for a large Pes, at any given
time §. The same results are observed for the gas reactant
concentration in the cloud wake phase. The situation is
reversed, however, for the gas reactant concentration
in the bubble phase and the cross-sectional average and
volumetric average concentrations. The volumetric aver-
age gas concentration does not vary significantly with
respect to Pegg. This is because Ug/Upy for this system is
as large as 10, indicating that the flow rate in the emul-
sion phase is small compared to that in the bubble phase.

The time required to reach the steady state 4. is
defined to satisfy the following two conditions:

Cavg' - Cavg}
£§=01,0=86 £=101,8=0—A8
e =0.002 (17)
Cavgl
£=01,0=86
"o —
[sX-12
== g‘? Poao| 0 as
o8l — = T3 (o Too01] 0.30
— [ Zx e Jor jo36
(e T30 0.58

Cior Cpor Caor C

Figure 1(a). Effect of Pesp on the concentration variation ot the exit
of the reactor for kCp — 15.0 sec™1.

kCo=15 Sec™

0.9+
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F’e30

C ave
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A\ . .
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06 \\\\ 7

Cyor Chor Cyor Cave

Figure 1(b). Effects of Pegq on the concentration distribution at the
steady state for kCy = 15 sec—1,
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Here Af is the step size of time integration. 6, are found
to be 0.3, 0.36, and 0.58 for Peg, of 0.991, 0.1 and 30.0,
respectively.

The concentration profiles shown in Figure 1b indi-
cate that the differences in the gas reactant concentra-
tions among the phases are larger at the inlet than the
outlet, A significant amount of the gas reactant in the
emulsion phase is converted in the vicinity of the dis-
tributor. As expected, the effects of Peg on the gas con-
centration distribution in the bubble and cloud phases
are not profound. This is due to the fact that a signifi-
cant amount of the gas reactant is consumed in these
two phases prior to its transfer to the emulsion phase,
when the rate of chemical reaction is fast.

Duration of Transient Period

To assess the effect of the rate of reaction on the length
of the transient period, s is plotted against kCo"~! as
functions of the superficial gas velocity and the order
of reaction in Figure 2. The values of the order of reac-
tion considered are 1 and 2. The superficial gas velocities
are set at 0.03 and 0.1 m/s. It can be seen that when
n is 1 and kC, increases from 0.1 to 100 s—!, 55 de-
creases monotonically from 1.95 to 0.28 and from 0.9
to 0.16 for Uy of 0.1 and 0.03 m/s, respectively. When
n is 2 and kC, increases from 0.1 to 100 s~1, f,s de-
creases monotonically from 1.34 to 0.28 and from 0.9 to
0.16 for Uy of 0.1 and 0.03 m/s, respectively. The rate
of decrease in fss with respect to the increase in the
rate of reaction for a first-order reaction is far more
pronounced than that for the second-order reaction at
each Us. When kCo*~! is large, there is little effect of n
on 8, for a given U,. This is because for a fast reaction,
0. is determined predominantly by the residence time
of gas in the reactor. f5s appears to be large for a
large U, for a given n. However, in the dimensional time
time domain (t), it is seen that the situation is reversed.
When n is 1 and kC; increases from 0.1 to 100 s~1, the
values of ¢ decrease monotonically from 23.0 to 3.8 s and
from 16.6 to 2.4 s for U, of 0.03 and 0.1 m/s, respec-
tively. However, when n is 2 and kC, increases from 0.1
to 100 s~ the values of ¢ decrease monotonically from
23.0 to 3.8 s and from 11.5 to 2.4 s for Uj of 0.03 and 0.1
m/s, respectively, Note that g5 of 1 corresponds to 25.5
s for Uy of 0.03 m/s and 8.5 s for Uy of 0.1 m/s in the
present study.
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Model Verification by Means of Experimental Data

Since experimental data are not available for the tran-
sient concentration distribution, steady state data are uti-
lized to partially verify the present model. Ozone decom-
position data by Kobayashi et al. (1969) as shown in
Figures 3a through 3d are employed here tor this pur-
pose. Various values of the physical and operating pa-
rameters of their system are reported or estimated as
given in Table 3.

To compare the results of the present three-phase model
with those of the two-phase model of Kobayashi et al.
(1969), the cloud phase in the present model must be
lumped into the bubble phase by averaging the concen-
trations of these two phases as

) — Calculated concentration profiles;
C. 9k Parameter: & {0,0.06(0.06)0.84,»}

C.4

\\ A  Experimental data at the steady state|

h condition for the superficial gas

velocity of 0.2 m/s and the initial
bed height of 0.67 m
(Kobayashi et al.,

[ J.a [ .G C.d 1.0

Figure 3(a). Comparison of the calculated values and experimental

data (Kobayashi et al., 1969) at the steady state, and prediction

of the transient profiles for the gas concentration distribution in the

bubble-cloud phase for the superficial gas velocity of 0.2 m/s and
the initigl bed height of 0.67 m.

—= Calculated concentration profiles;
=1 S Parameter: 2 {0,0.06(0.06)0.84,~}

# Experimental data at the steady state
o} o condition for the superficial gas
velocity of 0.2 w/s and the initial
bed height of 0.67 m (Kobayashi et
S al., 1969)

<

c.

Jar

Figure 3(b). Comparison of the calculated values and experimental

data (Kobayashi et al., 1969) at the steady state, and prediction of

the transient profiles for the gas concentration distribution in the

emulsion phase for the superficial gas velocity of 0.2 m/s and the
initial bed height of 0.67 m.
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12 S1e1g + S2€gg (19)
Figures 3¢, 3b, and 3c show the predicted and experi-
mental values of the concentration distributions in the
bubble cloud and emulsion phases and the cross-sectional
average concentration at the steady state for the super-
ficial gas velocity of 0.2 m/s and the initial bed height
of 0.67 m. The predicted transient concentration profiles
are also shown in these figures. In Figure 3d, the pre-
dicted and experimental values of the cross-sectional
average concentration distributions and the overall con-
version at the steady state are shown for the initial bed
height of 0.34 m. The predicted transient concentration

HE

—— Calculated concentration profiles;

0.3k Parameter: 8 {0,0.06(0.06)0.84,»}
A Experimental data at the steady
0.8 state condition for thesuperficial
gas velocity of 0.2 m/s and the
initial bed height of 0.67 m
(G S {Kobayashi et al., 1969).

Figure 3(c). Comparison of the calculated values and experimental

data (Kobayashi et al., 1969) ot the steady state, and prediction of

the transient profiles for the average gas concentration distribution

in the bed for the superficial gas velocity of 0.2 m/s and the initial
bed height of 0.67 m.

— Calculated concentration profiles;

¢ {0,0.06(0.06)1.08,>}

[s5)

Parameter:

Experimental data at the steady state
condition for the superficial gas
velocity of 0.2 m/s and the initial
bed height of 0.34 m (Kobayashi et
al., 1969)

o]

o
ry

<o

0 -
o e e ey
e T.? T T.5 t.5 ]

Figure 3(d). Comparison of the calculated values and experimental

data (Kobayashi et al., 1969) at the steady state, and prediction of

the transient profiles for the average gas concentration distribution

in the bed for the superficial gas velocity of 0.2 m/s and the initial
bed height of 0.34 m.

AIChE Journal (Vol. 26, No. 1)

.0

profiles are also shown in the figure. Note that the
superficial gas velocity is maintained at 0.2 m/s, which
is the same as those in Figures 3a through 3c.

The agreement between the predicted and experi-
mental values of the concentration appears to be satis-
factory, Pegy in all these figures, that is, Figures 3a
through 3d, remains a constant value of 0.2, Note that
Pesy remains a constant for a given fluidized bed in this
model.

Although sufficient experimental data in the transient
regime are not available to validate the present mecha-
nistic model, we believe that because of the versatility
of the present model which takes into consideration the
transient characteristics and variable physical properties,
it can be effectively utilized to simulate many types of
catalytic reactions in fluidized-bed reactors.

CONCLUDING REMARKS

A transient axial dispersion model for isothermal,
catalytic, fluidized-bed reactors is presented. This model
takes into consideration the significant variations of
physical properties along the axial coordinate and the
axial dispersion in the three phases, namely, bubble, cloud
wake, and emulsion phases, in a fluidized-bed reactor.
At the limit of large time, the model approximates the
steady state performance of the reactor. Transient and
steady state characteristics of the gaseous reactant and
the effects of gas mixing have been examined based on
the model for the nonlinear chemical reaction. The length
of the transient period is evaluated for different reaction
rate constants, reaction orders, and superficial gas ve-
locities. The results of numerical simulation of the cata-
lytic fluidized-bed reactor compare favorably with the
available experimental data at the steady state condition.
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NOTATION

A; = cross-sectional area, m?

Eavg = cross-sectional average gas concentration, de-
fined by Equation (15a), —

C; = C/Co

Cu = volumetric average gas concentration, defined
by Equation (15b), —

C; = gas concentration in phase i, kg-mole/m3

Ci2 = average concentration of gas in the bubble and
cloud phases, defined by Equation (19), —

Cir = initial gas concentration in phase i, kg-mole/m?

Co = inlet gas conceritration, kg-mole/m3

Dy = bubble diameter, m

D¢ = diffusion coefficient of gas, m%/s

D; = diameter of the bed, m

Diy = maximum bubble diameter, m

D, = initial bubble diameter at the distributor, m

E; = axial dispersion coeflicient in phase i, m?/s

Eyp = axial dispersion coefficient in phase i evaluated
just above the distributor, m2/s

Fi» = gas exchange coefficient between phase 1 and
phase 2 per unit volume of phase 1, 1/s

Fig = FppH/Uy

Fy3 = gas exchange coefficient between phase 2 and
phase 3 per unit volume of phase 1, 1/s

Fy3 = FyH/Uy
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gravitational acceleration, m/s?

height of bed expansion, m

H/H;

initial bed height, m

reaction rate constant based on the volume of
catalysts, 1/s for the first-order reaction and
m?/s/kg-mole for the second-order reaction

order ot chemical reaction, —

number of orifice openings on the distributor, —
Peclet number in phase i, Uil /Ejg

UiH 1/ Exg

time, s

linear gas velocity in phase 4, m/s

Ui/ Uy

linear gas velocity in phase i evaluated just above
the distributor, m/s

superficial gas velocity in phase i, m/s

minimum fluidization velocity, m

superficial gas velocity, m/s

axial distance from the distributor, m

overall conversion of the gaseous reactant, —

Greek Letters

Iy o
i nn

>

o ma

S
I

g
wnnn

tel
Il

8; = volume fraction of the bed occupied by phase i, —
emy = void fraction in the bed at Upy, —
eig = volume fraction of gas in phase i, based on §;, —
eis = volume fraction of solid in phase i, based on §;, —
e = void fraction at the initial condition, —
kHCOn—l

¢ =g

0
¢ = x/H
¢ = tUyJ/H
Subscripts
i = 1 for the bubble phase, 2 for the cloud wake

phase, 3 for the emulsion phase

g = gas
s = solid
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The Effect of an Expanded Section on Slugging

W.-C. YANG and D. L. KEAIRNS

Research and Development Center
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Pittsburgh, Pennsylvania 15235

Slugging experiments were performed in a semicircular Plexiglas column
5.6 m in height to study the effect of an expanded section on slugging. The
bottom section of the column (3.05 m long) is 28.6 cm in inside diameter
and the expanded section 40.6 cm. Both the bed height and the fluidizing
velocity were varied during the study, and the results were successfully cor-
related with a theoretically derived equation. The implications in design-
ing a bed with an expanded section to reduce the slugging effectively are

also discussed.

The slugging phenomenon in fluidized beds has been
extensively studied and is described in detail by Davidson

0001-1541-80-2600-0144-%$00.75. © The American Institute of Chem-
ical Engineers, 1980.
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and Harrison (1971). A slugging bed is characterized
by gas slugs of sizes close to reactor cross section that
rise at regular intervals and divide the main part of the
fluidized bed into alternate regions of dense and lean
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